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The performance of mixed conducting ceramic membrane reactors for the partial
oxidation of methane (POM) to syngas has been analyzed through a two-dimensional
mathematical model, in which the material balance, the heat balance and the momen-
tum balance for both the shell and the tube phase are taken into account. The model-
ing results indicate that the membrane reactors have many advantages over the con-
ventional fixed bed reactors such as the higher CO selectivity and yield, the lower
heating point and the lower pressure drop as well. When the methane feed is converted
completely into product in the membrane reactors, temperature flying can take place,
which may be restrained by increasing the feed flow rate or by lowering the operation
temperature. The reaction capacity of the membrane reactor is mainly determined by
the oxygen permeation rate rather than by the POM reaction rate on the catalyst. In
order to improve the membrane reactor performance, reduction of mass transfer resist-
ance in the catalyst bed is necessary. Using the smaller membrane tubes is an effective
way to achieve a higher reaction capacity, but the pressure drop is a severe problem
to be faced. The methane feed velocity for the operation of mixed conducting mem-
brane reactors should be carefully regulated so as to obtain the maximum syngas
yield, which can be estimated from their oxygen permeability. The mathematical model
and the kinetic parameters have been validated by comparing modeling results
with the experimental data for the La0.6Sr0.4Co0.2Fe0.8O3-a (LSCF) membrane reactor.
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Introduction

Partial oxidation of methane (POM) is a promising pro-
cess for syngas production due to its favorable product dis-
tribution, i.e., H2 to CO ratio ¼ 2:1, and the mild thermal
effect (CH4 þ 1/2O2 ¼ CO þ 2H2�35.6 kJ). In conven-
tional POM processes, air is usually used as the oxidant and
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subsequently, the costly nitrogen separation from syngas
product mixtures has to be performed. Pure oxygen may be
used as the oxidant to avoid nitrogen separation, but oxygen
production by either cryogenic distillation or pressure swing
adsorption (PSA) is extremely expensive. In recent years,
considerable research has been focused on the integration of
oxygen permeable ceramic membranes, which are prepared
from mixed oxygen ion and electron conducting ceramics,
with POM reactions.1–10 In such mixed conducting ceramic
membrane reactors, methane and air are respectively intro-
duced into the opposite sides of the membrane. Oxygen is
permeated through the membrane under the oxygen partial
pressure gradient into the methane side where POM reac-
tions take place with presence of catalysts. As the membrane
is 100% permselective to oxygen, nitrogen would not be
present in the product mixture and the post separation of
nitrogen can be avoided. In addition, the local oxygen con-
centration can be maintained at a relatively low and uniform
value due to the discrete addition of the oxygen through the
membrane. As a result, not only the high CO selectivity and
methane conversion can be achieved, but also the excessive
temperature excursion can be avoided.

The mixed conducting ceramic membrane reactors for
POM can generally be found in three configurations: disc-
shaped membrane reactor, tubular membrane reactor, and
hollow fiber membrane reactor. In general, the disk-shaped
membrane reactors give a low syngas production rate due to
the limited membrane area. Also, the requirement of rigorous
high-temperature sealing makes it difficult to scale up.2–5 It
is less problematic for the tubular membrane reactors,6–8 but
they are normally thick to have enough mechanical strength,
which makes them unfavorable for oxygen permeation flux.
Recently, the hollow fiber membrane reactors have attracted
much interest due to obvious advantages over the disc and
tubular membranes such as large membrane area/volume ra-
tio and less effective membrane thickness.9,10 However, the
hollow fiber membranes have lower mechanical strength
than the tubular membranes and thus are more difficult to be
assembled into membrane reactors. To combine advantages
of the tubular and the hollow fiber membranes, the compos-
ite membrane with a thin dense perovskite film coated on a
porous substrate tube would be a good choice to obtain high
POM selectivity and yields11 as long as the thermal expan-
sion mismatch of the coating and substrate ceramics can be
minimized.

It is acknowledged that many challenges have to be faced
before the commercialization of the membrane processes for
syngas production by POM can be realized. First, a high
temperature is essential to oxygen permeation. However, it
is harmful to the POM catalysts if the temperature is too
high. Second, the oxygen permeation can be promoted by
reducing the membrane thickness, but preparation of thin
dense ceramic membrane on a porous support is difficult and
costly. In addition, the mixed conducting membranes with
good stability in the POM environmental atmosphere usually
possess low oxygen permeability, thus a large membrane
area is expected for a high oxygen permeation rate. Model-
ing is a useful method to evaluate the performances of mem-
brane reactors. From the theoretical simulations, the advan-
tages and potential problems of membrane reactors can be
deduced conveniently and rapidly. The one-dimensional

model was most often adopted previously because of its sim-
plicity and ease of handling, but it fails to predict the effect
of the radial transportation which could be not negligible in
a large-scale membrane reactor.12–16 Recently, the two-
dimensional model was applied to POM in oxygen permea-
ble membrane reactors, with which the effect of reactor
dimensions on the POM performance was investigated.17 In
this work, not only the radial concentration and temperature
gradients but also the gas volume change and the pressure
drop inside the membrane reactor are all taken into account
in the modeling process. The objective of the present article
is to analyze the behaviors of mixed conducting ceramic
membrane reactors with a more practical model so that some
guidances for the design of ceramic membranes and mem-
brane reactors for syngas production can be rationalized.

Model development

The modeling work is based on the tubular mixed con-
ducting ceramic membrane reactor in which a membrane
tube is coaxially housed in a shell tube with the inner diame-
ter of Rs, as shown in Figure 1. The mixed conducting ce-
ramic is coated on the porous support tube to form a dense
film with a thickness of d while a typical POM catalyst such
as Ni/c-Al2O3 is packed in the tube side. The whole mem-
brane reactor is located in a tubular furnace. During opera-
tions, methane is fed into the tube side (catalyst bed) while
air is introduced co-currently into the shell side of the mem-
brane reactor.

Model equations

The following assumptions are adopted for the derivation
of model equations:

1. Plug flow on both the air and the methane sides with
negligible axial dispersion. This assumption is valid in the
case of turbulent flow, and for large reactor length/tube di-
ameter and tube diameter/particle diameter ratios.

2. The mass-transfer resistances in the porous support
and between the gas and the membrane surfaces are
negligible.

Figure 1. Schematic of (A) tubular mixed conducting
ceramic membrane reactor and (B) packed
bed reactor.

2676 DOI 10.1002/aic Published on behalf of the AIChE October 2009 Vol. 55, No. 10 AIChE Journal



3. The radial pressure drop as well as the radial convec-
tive flow is negligible. Also, the pressure drop in the shell
side is neglected.

4. The intraparticle and the interphase mass-transfer re-
sistance can be incorporated into a global reaction kinetics
model (pseudo homogeneous reaction with an effectiveness
factor).

5. Ideal gas law is obeyed to both single component and
gas mixture.

6. Steady state operation.
In the catalyst bed (tube side), the mass balance for each

component may be given in cylindrical coordinate as:

@Ni

@z
¼ Dei

1

r

@ci
@r
þ @2ci

@r2

� �
þ qsð1� ebÞ

�
X
j

mjiRj ði ¼ CH4; O2; CO2; H2O; CO; H2Þ(1)

with the boundary conditions:

r ¼ 0;
@ci
@r
¼ 0; r ¼ Rin; Dei

@ci
@r
¼ Rm

Rin

� Ji (1a)

z ¼ 0; Ni ¼ Ni0 (1b)

where Ni is the molar flux of species i in the tube phase; ci the
species concentration; Dei the effective diffusion coefficient;
qs the catalyst density; eb the void fraction of the catalyst bed;
vji the stoichiometric coefficient of species i in reaction j; (j the
overall rate of reaction j, Rj ¼ fjfjðTt; ct1; c

t
2; � � �Þ in which fj is

the effectiveness factor of catalyst for reaction i; Rin the inner
radius of the membrane tube; Rm the algorithm mean radius of
the dense membrane, Rm ¼ d

lnð1þd=RoÞ, in which Ro and d are,
respectively, the outer radius of the membrane tube and the
thickness of the dense film; Ji is the permeation flux of gas
species i through the membrane, and Ni0 is the feed molar flux.

The component concentration, ci is related to the molar
fluxes by:

ci ¼ p

RT
� NiP

i

Ni
(2)

where p and T are the local pressure and temperature,
respectively, in the catalyst bed; and R is the ideal gas
constant.

The energy balance equation in the tube side is given by:

X
i

NiCp;i
@T

@z
¼ kec

1

r

@T

@r
þ @2T

@r2

� �
þ qsð1� ebÞ

X
j

Rjð�DHjÞ

(3)
with the boundary conditions:

r ¼ 0;
@T

@r
¼ 0; r ¼ Rin; kec

@T

@r
¼ KmðT0 � TÞ (3a)

z ¼ 0; T ¼ Tin (3b)

where Cpi is the specific heat capacity of species i; T’ the
temperature of shell phase; kec the effective thermal
conductivity of the tube phase; DHj the reaction heat of

reaction j; Km the overall heat transfer coefficient between the
shell and the tube phases; and Tin is the gas feed temperature.

The pressure drop formed by the catalyst packing can be
expressed by Ergun’s equation:

dp

dz
¼ �ut

150lg
d2p
� ð1� ebÞ2

e3b
þ 1:75qgut

dp
� 1� eb

e3b

 !
(4)

with the boundary condition:

z ¼ L; p ¼ pa (4a)

where lg and qg are the viscosity and density of the tube gas
mixture, respectively; dp the equivalent diameter of the
catalyst particle; L the effective length of the membrane
reactor; pa is the pressure at the outlet of membrane reactor,
i.e, the atmospheric pressure in this work. The average
superficial velocity of the lumen bulk gas, ut is calculated by:

ut ¼ 1

pR2
in

�
X
i

Z Rin

0

NiRT

p
� 2prdr (5)

One-dimensional model may be applied to the shell phase.
So the mass and heat balance equations in the shell side
may be written as:

dFi

dz
¼ �2pRm � Jiði ¼ N2; O2Þ (6)

X
i

FiCpi

dT0

dz
¼ Ks � 2pRsðTop � T0Þ � Km � 2pRinðT0 � TÞ

� 2pRm � Jh (7)

with the boundary conditions:

z ¼ 0; Fi ¼ FAir; T0 ¼ Tin (8)

where Fi is the molar flow rate of species i in the shell phase;
Ks and Km are the overall heat transfer coefficients from the
furnace tube to the shell phase, and from the shell phase to the
tube phase, respectively; Top is the operation temperature; Jh is
the heat flux due the gas permeation from the shell side to the
tube side; and FAir is the air feed flow rate.

For the traditional fixed bed reactors (FBR), the methane
is mixed with oxygen in advance and is then co-fed into the
catalyst bed, as shown in Figure 1B. The governing equa-
tions can also be expressed by Eqs. 1, 3, and 4 but only the
boundary conditions are changed as follows.

z ¼ 0; Ni ¼ Ni0; T ¼ Tin (9a)

L > z > 0; r ¼ 0;
@ci
@r
¼ 0;

@T

@r
¼ 0 (9b)

r ¼ Rin;
@ci
@r
¼ 0; kec

@T

@r
¼ KmðTop � TÞ (9c)

Kinetic equations

The POM mechanism to syngas on the Ni/c-Al2O3 catalyst
can be described by the methane combustion followed by
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both steam and carbon dioxide reforming.18,19 The kinetic
equations may be written as follows7:

Methane combustion:

CH4 þ 2O2 ! CO2 þ 2H2Oþ DH1 (i)

R1 ¼ k1pCH4
pO2

(10)

Steam reforming:

CH4 þ H2O, COþ 3H2 þ DH2 (ii)

R2 ¼ k2pCH4
pH2O 1� pCOp

3
H2

K2pCH4
pH2O

� �
(11)

Carbon dioxide reforming:

CH4 þ CO2 , 2COþ 2H2 þ DH3 (iii)

R3 ¼ k3pCH4
pCO2

1� p2COp
2
H2

K3pCH4
pCO2

� �
(12)

where kj (j ¼ 1, 2, 3) is the reaction rate constant; and Kj(j ¼ 2,
3) is the equilibrium constant. Values of these parameters may
be obtained by fitting experimental data or calculated from the
thermodynamic properties of gases, as listed in Table 1.

Oxygen permeation fluxes through the membrane tube

The mixed ionic-electronic conducting ceramic mem-
branes are 100% permselective to oxygen, that is, no other
species but oxygen can permeate through the dense mem-
brane (Jiði 6¼ O2Þ ¼ 0). For the perovskite membranes such
as La0.6Sr0.4Co0.2Fe0.8O3-a (LSCF) in which the electronic
conductivity overwhelms the oxygen ionic conductivity,20

the local oxygen permeation flux through the tubular mem-
branes may be expressed by21,22:

JO2
¼ kr½ðp0O2

Þ0:5 � ðpO2
Þ0:5�

Rm

ROþd � p0:5O2
þ 2kf d

Dv
� ðpO2

p0O2
Þ0:5 þ Rm

RO
� ðp0O2

Þ0:5
(13)

where DV is the diffusion coefficient of oxygen vacancy; kf
and kr are, respectively, the forward and the reverse reaction
rate constants of the surface exchange reaction:

1

2
O2 þ VO !

kf =kr
Ox

O þ 2h (14)

The energy associated with the oxygen permeation only
gives a small contribution to the total heat flux (\5%).23

But it was also considered in the energy balance equation
(Eq. 7) for the completeness of the model in our work.

Mass and heat transfer coefficients

The effective diffusion coefficient of gas species in the
catalyst bed is given by14:

Dei ¼ eb � 1� yiP
j 6¼i

yi=Di:j
(15)

where yi is the molar fraction of species i, and Di,j is the binary
diffusion coefficient between species i and j, which may be
estimated by the Maxwell–Gilliland equation:

Di;j ¼ 4:36� 10�5T3=2ð1=Mi þ 1=MjÞ0:5
pðm1=3i þ m1=3j Þ2

(15a)

whereM, t are the molecular weight and the molecular volume
of gas species, respectively.

Exact calculation of the effective thermal conductivity of
the packed tube phase, kec is very complicated.8 For simplifi-
cation, it is calculated in this work using a simplified expres-
sion by assuming that the catalyst bed is a pseudo homoge-
nous phase composed by catalyst particles and gas mix-
ture24:

kec ¼ eb
X
i

yikgi þ ð1� ebÞkc (16)

where kgi and kc are the heat conduction coefficients of gas
species and the catalyst, respectively, which are a function of
temperature.

The overall heat transfer coefficients, Ks and Km account
for the heat resistances due to the shell tube and the mem-
brane tube, respectively, and can be given based on the se-
rial resistance model as:

Ks ¼ Rs

ks
� lnðRso=RsÞ þ 1

as

� ��1
(17)

Km ¼ Rin

Ro þ d
� 1
as
þ Rin lnðRo=RinÞ

km
þ 1

ac

� ��1
(18)

where ks and km are the heat conduction coefficients of the
shell tube and the membrane tube, respectively. The convec-
tion heat transport coefficient on the shell side is given by the
Dittus–Boelter correlation16:

as ¼ kg
de
� 0:023 deusqg

lg

 !0:8
Cplg
kg

� �1=3

(19)

Table 1. Kinetic Parameters for the Partial Oxidation of
Methane to Syngas on Ni/c-Al2O3 Catalyst

k1, mol g�1 s�1 Pa�2 k1 ¼ 1:1 expð�166� 103=RTÞ7
k2, mol g�1 s�1 Pa�2 k2 ¼ 4:19� 10�9 expð�29� 103=RTÞ7
k3, mol g�1 s�1 Pa�2 k3 ¼ 2:42� 10�9 expð�23:7� 103=RTÞ
K2, Pa

2

lnðK2=10
10Þ ¼ � 22851:7

T þ 7:682 ln T � 4:165
�10�3T þ 3:58� 10�7T2 � 23:247

K3, Pa
2

lnðK3=10
10Þ ¼ � 2:785�104

T þ 7:93 ln T � 5:635
�10�3T þ 5:862� 10�7T2 � 18:93

DH1, kJ mol�1 DH1 ¼ �4410:9þ 14:58T � 8:426
�10�3T2 þ 3:98� 10�7T3

DH2, kJ mol�1 DH2 ¼ �15915:1þ 63:867T � 34:631
�10�3T2 þ 5:955� 10�6T3

DH3, kJ mol�1 DH3 ¼ �15504:8þ 65:934T
�46:847� 10�3T2 þ 9:748� 10�6T3
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where de is the equivalent diameter of the fluid cross-sectional
area, (de ¼ 2ðR2

s � R2
oÞ=Rs); us is the gas superficial velocity in

shell side. For the shell phase, the gas properties in Eq. 19 are
obtained based on the air at the shell temperature.

The gas-to-membrane heat transfer coefficient on the cata-
lyst side is evaluated using the following correlation pro-
posed for the packed beds25:

acdp
kg
¼ 2þ 1:1

dputqg
lg

 !0:6
Cplg
kg

� �1=3

(20)

All the physical properties of gas mixtures in the simula-
tions are calculated at local conditions.26

Solution method

The model equations are a group of non-linear partial dif-
ferential equations and have to be solved numerically. Finite
element difference forms in the radial direction are
employed to replace the corresponding partial derivative
terms in Eqs. 1 and 3 so as to transform them into a series
of ordinary differential equations, e.g.,

@c

@r
¼ ckþ1 � ck�1

2Dr
; ð0\ k\mÞ (21a)

@2c

@r2
¼ ckþ1 � 2ck þ ck�1

Dr2
; ð0\ k\mÞ (21b)

where k is the difference mesh order, m is the total number of
difference meshes and Dr is the radial differential distance:
Dr ¼ Rm=m.

As a result, the governing equations would have included
7m þ 3 ordinary differential equations, which can be solved
numerically using Runge-Kutta method with variable steps.
In this work, m was selected to be 8 to attain a sufficient ac-
curacy. The ODEs are stiff and thus the ‘ode23s’ subroutine
in MATLAB software package was employed in this study
for the calculations. Simpson’s rule is applied to the integra-
tions where needed.

The reactor performance is evaluated through the CH4

conversion and the CO selectivity, which were calculated
by:

XCH4
¼ 1� 1

FCHr;0

Z Rin

0

NCH4
� 2prdr

� �
� 100% (22)

SCO ¼
R Rin

0
NCO � 2prdrR Rin

0
ðNCO2

þ NCOÞ � 2prdr
� 100% (23)

where FCH4;0 is the methane feed flow rate.
The overall oxygen permeation rate may be obtained from

the oxygen concentration changes in the shell phase.

Results and Discussions

The following analyses are based on the LSCF perovskite
membrane reactor because the kinetic parameters of oxygen
permeation through LSCF, kf, kr, and Dv have been obtained
from independent experiments20 as shown in Table 2. For
other mixed conducting ceramic membranes, they are

assumed to follow a similar mechanism for oxygen permea-
tion but only have different kinetics values. The effective-
ness factors of catalyst for POM reactions depend not only
on the catalyst particle size but also on the temperature and
fluid composition, which are changed in radial and axial
directions. For the sake of easy-handling, a pseudo-effective-
ness factor independent of local conditions, i.e., f ¼ 0.01 is
used for all three POM reactions in this work.16 Other pa-
rameters required for simulations including the dimensions
of membrane reactor and the operating conditions are sum-
marized in Table 3. The parameters with different values
shown in Table 3 will be specified in the respective analyses.
The methane conversion, CO selectivity, or yield and the ox-
ygen permeation rate under various conditions will be pre-
sented in the following section.

Behaviors of the membrane reactor (MR)

Figure 2 displays the distributions of methane, carbon ox-
ide, and oxygen as well as the temperature profile in the cat-
alyst bed of membrane reactor. It can be seen that the meth-
ane feed is depleted as it passes through the membrane reac-
tor, and has almost been used out when it arrives at the
outlet of the membrane reactor, while a small amount of un-
reacted methane is remained at the center of the membrane
tube (r ¼ 0) (Fig. 2a). As the methane reforming reactions
(ii and iii) proceed, the CO concentration increases from the

Table 2. Kinetic Parameters for Oxygen Permeation
Through LSCF Membrane

20

Diffusion coefficient
of oxygen vacancy, cm2 s�1

Dv ¼ 1:58� 10�2 exp � 8852:5
T

� �
Forward rate constant of
the surface exchange
reaction, cm Pa�0.5 s�1

kf ¼ 1:854� 104 exp � 27291
T

� �

Reverse rate constant of
the surface exchange
reaction, mol cm�2 s�1

kr ¼ 2:07� 104 exp � 29023
T

� �

Table 3. Parameters of the Membrane Reactor and

Operating Conditions for General Analysis

Dense shell and porous substrate
tube

Al2O3

Oxygen permeable membrane La0.6Sr0.4Co0.2Fe0.8O3-d

POM catalyst Ni/Al2O3

Effective length of membrane
reactor, L

0.6 m

Outer radius of shell tube, Rso 0.016 m
Inner radius of shell tube, Rs 0.014 m
Outer radius of substrate tube, Ro 0.01 m
Inner radius of substrate tube, Rin 0.008 m
Thickness of the perovskite
membrane, d

1.0 � 10�5 m

Catalyst particle size, dp 2.79 � 10�4 m
Catalyst density, qs 1273 kg m�3

Void fraction of catalyst bed, eb 0.43
Effectiveness factor, f 0.01
Operating temperature, Top 1123 K
Feed temperature, Tin 1123 K
Outlet pressure of membrane
reactor, pa

101.3 kPa

Methane feed flow rate, Fin 2.98 � 10�4 mol s�1

Air feed flow rate, FAir 2.98 � 10�3 mol s�1
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inlet to the outlet, and also from the membrane inner surface
to the center of the membrane tube (Fig. 2b). The oxygen
concentration in most regions of the catalyst bed is close to
zero because the oxygen gradually enters into the catalyst
bed through the membrane and reacts with the methane of
high concentration. At the outlet of membrane tube where
the methane has almost been consumed completely, the oxy-
gen concentration increases abruptly (Fig. 2c). Consequently,
the CO concentration at the outlet is lowered because of the
deep oxidation reaction (Fig. 2b). Because of the net exo-
thermic effect of the POM reactions, the temperature
increases mildly along the reactor length in the front part of
the membrane tube. But in the region close to the outlet of
membrane tube where the methane has nearly been ex-
hausted, a temperature flying phenomenon has occurred,
namely, the bed temperature is rapidly increased remarkably
due to reactions (Fig. 2d). This is because the methane is
firstly oxidized via reaction (i) to release a large amount of
heat, but the subsequent endothermic reforming reactions (ii)
and (iii) are yet bated since no more methane can be pro-
vided after the combustion reaction. At the location where
temperature flying begins, the CO selectivity is decreased
noticeably, as shown in Figure 2d.

Figure 3 compares the behaviors of the membrane reactor
(MR) with the traditional fixed bed reactor (FBR) under the
same conditions, where the axial profiles of methane conver-
sion, CO selectivity, temperature averaged in the radial sec-
tion as well as pressure are plotted. Note that the oxygen
feed flow rate for the calculation of FBR is equal to the oxy-
gen permeation rate through the membrane in MR. As can

be seen, the methane feed is gradually converted into prod-
ucts in MR, but in FBR the conversion of methane is almost
finished instantly as it enters the reactor notwithstanding the
product composition, i.e., the CO selectivity may be changed
afterwards. The CO selectivity in MR is much higher than
that in FBR although it is somewhat reduced in the region
close to the reactor outlet, which is caused by the exhaustion
of methane. Because of the controlled addition of oxygen by
the membrane, the highest temperature or heat point in MR
may be much lower than that in FBR. It implies that the ex-
cessive temperature excursion causing the catalyst sintering
in FBR can be avoided by the use of membrane reactor. Fur-
thermore, although the molar flow rate of syngas product in
MR is larger than that in FBR because of the higher CO and
H2 yields, the pressure drop in MR is much lower than that
in FBR. This is an additional advantage of the MR over the
conventional FBRs.

Effect of operating conditions

It is well known that increasing temperature favors oxygen
permeation in the mixed conducting membranes. However,
the too high temperature will result in catalyst sintering and
deactivation, and is not expected in practical applications.
Figure 4 shows the methane conversion, XCH4, CO selectivity,
SCO and the oxygen permeation rate as a function of tempera-
ture. As is expected, both the methane conversion and oxygen
permeation rate increase with increasing the operating temper-
ature. At lower temperatures (\1138 K), the methane conver-
sion is lower than 100% and the CO selectivity can be

Figure 2. Concentration and temperature profiles in the catalyst bed of tubular membrane reactor.

[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]
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retained close to 100%. As the temperature is increased to
1138 K, the methane conversion approaches to 100% and the
CO selectivity decreases rapidly to about 94.7%. The oxygen
permeation rate is also remarkably increased at this point
because the temperature flying takes place. Nevertheless, fur-
ther increase in temperature has much less effect on the CO
selectivity. This is because as the methane is used up, the oxy-
gen partial pressure on the membrane inside surface would
rapidly increase to close to that on the outside surface, causing
the oxygen permeation almost to cease. Therefore, the opera-
tion of mixed conducting membrane reactors is fairly sensitive
to temperature, but a high CO selectivity can always be
obtained using membrane reactors.

Figure 5 plots the methane conversion, CO selectivity and
oxygen permeation rate against the methane feed flow rate at
different temperatures. At 1123 K, the methane conversion
decreases with increasing methane feed flow rate while the
CO selectivity is maintained at close to 100% because the
methane is not used up. As the temperature is increased to
1153 K, the methane conversion attain up to 100% for the
methane feed flow rates of 22–45 lmol s�1 while the CO se-
lectivity maintains at around 93%. The higher methane feed
flow rate than 45 lmol s�1 leads to a lower conversion, but
the CO selectivity may approach to 100%. When the temper-
ature is further increased to 1173 K, the methane feed flow

Figure 4. Effect of temperature on the membrane reac-
tor performance.

Figure 5. Membrane reactor performances as a func-
tion of methane feed flow rate at different
temperatures.

Figure 6. Effect of void fraction of catalyst bed on the
membrane reactor performance (the solid
lines and dashed lines are for the effective-
ness factor of 0.01 and 1, respectively).

Figure 3. Comparison of membrane reactor (MR) with
fixed bed reactor (FBR) in POM performan-
ces.
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rate corresponding to 100% conversion would increases to
73 lmol s�1. This suggests that the reaction capacity of
membrane reactors, which is defined as the maximum meth-
ane feed flow rate for complete conversion, may be incre-
mented by increasing temperature. On the other hand, the
oxygen permeation rate increases with increasing the meth-
ane feed flow rate in the range of complete conversion, but
decreases if the methane cannot be used up. As described
earlier, the temperature flying only occurs as the methane
conversion approaches to 100%, resulting in the remarkable
increase in oxygen permeation rate. At lower feed flow rates
when the methane can be converted completely, the oxygen
permeation rate increases with increasing methane feed flow
rate because the oxygen partial pressure on the downstream
or the reaction side is decreased. But for the higher feed
flow rates at which the methane feed cannot be converted
completely, the temperature increment due to the partial oxi-
dation reactions decreases with increasing methane feed flow
rate, leading to the decrease in oxygen permeation rate.

Effect of catalyst

Figure 6 illustrates the membrane reactor performance at
1123 K as a function of the void fraction of catalyst bed. It
is interesting that the methane conversion increases with
increasing the void fraction of catalyst bed. This implies that
the methane conversion is not mainly determined by the
amount of the catalyst but by the mass transfer in the cata-
lyst bed. As the bed void fraction increases, the oxygen per-
meated from the air side can enter more easily into the bulk
stream to react with methane, leading to higher methane
conversion and oxygen permeation rate. On the other hand,
the methane conversion decreases as the effectiveness factor
of the catalyst is increased from 0.01 to 1, as plotted with
the dashed lines in the figure. This unexpected result may be
explained as follows. For the POM reactions in mixed con-
ducting membrane reactors, the methane conversion is con-
trolled by the oxygen permeation rate which highly depends
on the permeation temperature. As the effectiveness factor
all three POM reactions (i), (ii), and (iii) increases, the over-
all heat released from these reactions would decrease and
thus results in the decrease in oxygen permeation rate. These

simulation results have given us useful information that the
amount of catalyst required for POM in membrane reactors
is little and it is better to integrate the catalyst into the po-
rous support so as to minimize hydrodynamic problems, and
thus to improve the reactor performance.

Effect of membrane

As described earlier, a high oxygen permeation rate is
always required to improve the mixed conducting membrane
reactor performance. This can be realized by increasing the
membrane area per unit volume, reducing the membrane
thickness or by improving the membrane’s oxygen perme-
ability. Figure 7 shows the methane conversion, CO selectiv-
ity and oxygen permeation rate as a function of the inner ra-
dius of the membrane tube, where the membrane wall thick-
ness is kept to be 0.2 cm and the methane feed velocity
(¼ Fin=pR2

in) is kept at 3.32 cm s�1. It can be seen that the
methane conversion can reach 100% for the inner radius
smaller than 0.6 cm. When the inner radius of membrane
tube is larger than 0.6 cm, the methane conversion will
decrease remarkably with the CO selectivity approaching to
100% as the inner radius increases. This suggests that the
membrane tube larger than 0.6 cm in ID could not provide
enough oxygen permeation rate for the POM reactions
because of the low ratio of membrane area to reaction vol-
ume. For the smaller membrane tubes (Rin \ 0.52 cm), the
oxygen permeation rate increases with increasing the mem-
brane radius because both the membrane area for oxygen
permeation and the temperature are increased. However, as
the membrane inner radius is further increased from 0.52 to
0.62 cm, the oxygen permeation rate would decease notice-
ably. This is because the temperature flying due to the com-
plete methane conversion has been restrained. Obviously, the
smaller membrane tubes, e.g., hollow fiber membranes,27

should possess much higher POM performances than the
larger ones due to the much higher membrane-area/reaction-
volume ratio (500–9000 m2 m�3). Nevertheless, the pressure
drop in the packed hollow fiber membranes will be a severe
problem that have to be taken into account.

Another method to improve oxygen permeation rate is to
reduce the membrane thickness. Figure 8 illustrates the
methane conversion, the CO selectivity and the oxygen

Figure 7. Effect of membrane tube diameter on the re-
actor performances (wall thickness of tube 5
0.2 cm; methane feed velocity 5 3.32 cm s21).

Figure 8. Effect of the thickness of dense membrane
on the membrane reactor performance.
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permeation rate as a function of the membrane thickness. As
is expected, either the oxygen permeation rate or the meth-
ane conversion increases as the membrane thickness is
decreased. However, when the membrane thickness is lower
than 200 lm, the oxygen permeation rate would not increase
any longer, and the methane conversion approaches to the
maximum 53%. This implies that the oxygen permeation in
the LSCF mixed conducting membrane is controlled by the
surface exchange kinetics at lower temperatures (i.e. 1123
K). Therefore, for the LSCF membranes the lower mem-
brane thickness (\200 lm) is not necessary for POM at
moderate operating temperatures because it cannot bring
about obvious increase in methane conversion but lead to a
remarkable increase of membrane preparation cost. Compa-
ratively, the surface modification should be a more effective
way to improve the membrane reactor performance in POM
process.28

It has been shown that the methane conversion is largely
determined by the oxygen permeability of the mixed con-
ducting membranes. As the LSCF membranes exhibit a low
oxygen permeability (2.98 � 10�8 to 1.34 � 10�7 mol cm�2

s�1)20 in the POM temperatures of 1073–1173 K, the meth-
ane feed velocity allowed by the LSCF membrane reactors
is very low. In recent years, considerable researches have
been carried out in the development of new mixed conduct-
ing membranes such as Ba0.5Sr0.5Co0.2Fe0.8O3-a (BSCF),29

La0.2Ba0.8Co0.8Fe0.2�xZrxO3-d,
30 and SrCo0.9Nb0.1O3-d (SCN),31,32

which possess much higher oxygen permeability at lower tem-
peratures. Unfortunately, the permeation kinetic expressions
for these membranes are not available so far. For the sake of

analyses, it is assumed that the permeation expression of Eq.
13 can still be applied to other mixed conducting membranes
but only an enhancement coefficient f is multiplied. Figure 9
shows the simulation results for different enhancement coeffi-
cients where the methane conversion, CO selectivity and oxy-
gen permeation rate are plotted against the methane feed flow
rate. As is expected, the membrane reactor capacity increases
with increasing the membrane’s oxygen permeability. It also
shows that the oxygen permeation rate increases with the
methane feed flow rate in the range of complete conversion,
decreases remarkably as the methane conversion begins to be
less than 100% and deceases tardily at higher feed flow rates.
Figure 10 plots the methane feed velocity corresponding to
the temperature flying and to the complete conversion,

Figure 9. Performances of the membrane reactors with
different oxygen permeabilities.

Figure 10. Plot of the operating methane feed velocity
against the membranes’ oxygen permeability.

Figure 11. Comparison of simulation results with ex-
perimental data (l-methane conversion; n-
CO selectivity; ^-H2/CO) (Temperature 5
1158 K; Helium flow rate 5 4.32 3 1025 mol
s21; Air flow rate 5 7.44 3 1025 mol s21;
Operating pressures 5 0.013 MPa; Bulk den-
sity of catalyst bed 5 0.726 g cm23).
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respectively against the membrane’s oxygen permeability.
Based on this figure, the operating methane feed velocity for
other mixed conducting membrane reactors can be estimated
from their oxygen permeability. For example, since
SrCo0.9Nb0.1O3-d (SCNb) membrane has an oxygen permeabil-
ity of 6.69 lmol cm�2 s�1 at 1173 K,32 the maximum meth-
ane feed velocity for complete conversion in the SCNb mem-
brane reactor can theoretically reach as high as 714.1 cm s�1.
However, to avoid temperature flying, the methane feed ve-
locity has to be higher than 939.1 cm s�1. Of course, the
practical operating feed velocity may also be affected by other
factors such as the dimensions of the membrane reactor.

Comparison with experimental data

Jin et al7 conducted POM in a LSCF tubular membrane
reactor with dimensions of 8 mm in OD, 1.73 cm in effec-
tive length and 1.5 mm in membrane thickness. Ni/c-Al2O3

catalyst with the particle sizes of 221 lm and 381 lm
(BET surface area �97.62 m2 g�1) was packed in the mem-
brane tube. The experimental results for the methane-he-
lium mixture feed are shown in Figure 11 where the meth-
ane conversion, H2/CO ratio and CO selectivity are plotted
against the methane fraction in the feed stream. It can be
seen that the methane conversion decreases remarkably
from about 98% to 36% as the methane feed fraction
increases from 4.6 to 9.7%, while the CO selectivity is
increased from 96% to close to 100%. All these experimen-
tal data are in good agreement with the simulation results
by the present model, as shown in the figure. This suggests
that the oxygen permeation and the POM kinetic models as
well as the parameters used in this study are appropriate for
the design of mixed conducting ceramic membranes/mem-
brane reactors.

Conclusions

The performance of mixed conducting ceramic membrane
reactors for the POM to syngas has been analyzed using a
two dimensional mathematical model. Compared with the
conventional FBR, the membrane reactors exhibit many
advantages such as a much higher CO selectivity, much
lower heating point as well as a much lower pressure drop.
However, temperature flying may take place in the mem-
brane reactors as long as the methane feed is converted com-
pletely, but can be restrained by increasing the feed flow
rate or by lowering the operation temperature. The reaction
capacity of the membrane reactors is mainly determined by
the oxygen permeation rate rather than by the POM reaction
rate on catalyst. To improve the membrane reactor perform-
ance, the reduction of mass transfer resistance in the catalyst
bed is necessary. Using the smaller membrane tubes is an
effective way to achieve a higher reaction capacity because
of the higher membrane area/reaction volume ratio, but the
pressure drop is a severe problem to be faced. The appropri-
ate operating methane feed velocity for the mixed conduct-
ing membrane reactors can be approximately calculated from
their oxygen permeability. The experimental data obtained
from the LSCF membrane reactor are in good agreement
with the modeling results by the present mathematical
model.

Acknowledgments

The authors gratefully acknowledge the research funding provided by
the National Natural Science Foundation of China (NNSFC,
No.20676073), and by EPSRC in the United Kingdom (grant No. EP/
F027427/1).

Notation

ci ¼ concentration of species i, mol m�3

Cpi ¼ specific heat capacity of species i, J mol�1 K�1

Dei ¼ effective diffusion coefficient of gas i in catalyst bed, m2 s�1

Di,j ¼ binary diffusion coefficient between species i and j, m2 s�1

DV ¼ effective diffusivity of oxygen vacancy, cm2 s�1

de ¼ equivalent diameter of the fluid cross-sectional area,
(de ¼ 2ðR2

s � R2
oÞ=Rs), m

dp ¼ equivalent diameter of catalyst particle, m
Fi ¼ molar flow rate of species i in the shell phase, mol s�1

FAir ¼ air feed flow rate, mol s�1

FCH4 ;0 ¼ methane feed flow rate, mol s�1

Ji ¼ permeation flux of species i through membrane, mol m�2 s�1

Jh ¼ heat flux due the gas permeation, J m�2 s�1

kj ¼ rate constant for reaction j (j ¼ 1, 2, 3), mol g�1 s�1 Pa�2

kf ¼ rate constant for the forward surface exchange reaction, cm
Pa�0.5 s�1

kr ¼ rate constant for the reverse surface exchange reaction, mol
cm�2 s�1

Ki ¼ equilibrium constant for reaction j (j ¼ 1, 2, 3), Pa2

Km ¼ overall heat transfer coefficient of membrane tube, W m�2

K�1

Ks ¼ overall heat transfer coefficient of shell tube, W m�2 K�1

L ¼ effective length of membrane reactor, m
Ni ¼ molar flux of species i in the membrane tube, mol m�2 s�1

Ni0 ¼ molar flux of species i in feed, mol m�2 s�1

M ¼ molecular weight of gas m, g mol�1

m ¼ number of difference meshes
p ¼ pressure in catalyst bed, Pa
pa ¼ pressure at the outlet of membrane reactor or atmospheric

pressure, Pa
p0 ¼ oxygen partial pressure in the shell phase, Pa

Rin, Ro ¼ inner and outer radius of membrane tube, m
Rm ¼ algorithm mean radius of dense membrane, Rm ¼

d=lnð1þ d=RoÞ, m
Rj ¼ overall rate of reaction j, mol g�1 s�1

R ¼ ideal gas constant, 8.314 J mol�1 K�1

S ¼ CO Selectivity
T, T0 ¼ temperature of the catalyst phase and the shell phase,

respectively, K
Tin, Top ¼ gas feed temperature and furnace temperature, respectively, K
ut, us ¼ superficial velocity of the lumen gas and the shell gas,

respectively, m s�1

X ¼ conversion of methane
yi ¼ molar fraction of species i

Greek letters

as, ac ¼ gas heat transfer coefficient on the shell or the catalyst side,
W m�2 K�1

vji ¼ stoichiometric coefficient of species i in reaction j
eb ¼ void fraction of catalyst bed
fj ¼ effective factor of catalyst for reaction j
d ¼ thickness of mixed conducting membrane, m
lg ¼ gas viscosity, Pa s
qg ¼ gas density, g cm�3

qs ¼ density of catalyst, g cm�3

kc ¼ heat conduction coefficient of catalyst, W m�1 K�1

kec ¼ effective thermal conductivity of tube phase, W m�1 K�1

kgi ¼ heat conduction coefficient of gas species i, W m�1 K�1

km ¼ heat conduction coefficient of dense membrane, W m�1 K�1

ks ¼ heat conduction coefficient of shell tube, W m�1 K�1

t ¼ molecular volume of gas, cm3 mol�1

DHi ¼ reaction heat of reaction j, J mol�1

Dr ¼ radial differential distance, Dr ¼ Rin=m
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